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Babylonian confusion (First book of Moses, 11,1 - 11,9)
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Power-to-Gas, P2G, PtG 
Power-to-Chemistry, P2C, PtC 
Power-to-Fuel, P2F, PtF 
Power-to-Liquid, P2L, PtL 
Power-to-X, P2X, PtX 
Power-to-Methane, P2M, PtM 
Power-to-Ammonia, P2A, PtA 
Power-to-Methanol, P2M, PtM 
Power-to-Molecules, P2M, PtM 
… 
Green hydrogen 
… In this talk, 

Power-to-Gas 
means e-CH4

Pieter Bruegel the Elder - The Tower of Babel (Rotterdam) 
https://commons.wikimedia.org/wiki/File:Pieter_Bruegel_the_Elder_-
_The_Tower_of_Babel_(Rotterdam)_-_Google_Art_Project_-_edited.jpg?
uselang=de#filelinks 

https://commons.wikimedia.org/wiki/File:Pieter_Bruegel_the_Elder_-_The_Tower_of_Babel_(Rotterdam)_-_Google_Art_Project_-_edited.jpg?uselang=de#filelinks
https://commons.wikimedia.org/wiki/File:Pieter_Bruegel_the_Elder_-_The_Tower_of_Babel_(Rotterdam)_-_Google_Art_Project_-_edited.jpg?uselang=de#filelinks
https://commons.wikimedia.org/wiki/File:Pieter_Bruegel_the_Elder_-_The_Tower_of_Babel_(Rotterdam)_-_Google_Art_Project_-_edited.jpg?uselang=de#filelinks
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Source:  
https://service.destatis.de/DE/karten/
EnergieverbrauchIndustrie2020.html#!en

Natural gas H
- LHV: 9,4 - 11,8 kWh/m3   
- HHV: 10,4 - 13,1 kWh/m3   
Natural gas L
- LHV: 7,6 - 10,1 kWh/m3   
- HHV: 8,4 - 11,2 kWh/m3  

Source: https://www.geothermie.de/bibliothek/lexikon-der-
geothermie/b/brennwert.html

Some facts about natural gas in Germany (1/2)

Total consumption in 2021 was 91 billion m3 
(bcm, thereof 1 bcm biomethane)  
Equals ca. 800 - 900 TWh

FNR sees biomethane 
potential of 35 bcm by 
2030 (residues and 
energy crops)

Source: https://biogas.fnr.de/
biogas-nutzung/biomethan

Energy consumption of 
industry by district (2020)

Pure methane
- LHV: 9.97 kWh/m3  
- HHV: 11.1 kWh/m3  

m3 at 1013 mbar, 0°C

https://service.destatis.de/DE/karten/EnergieverbrauchIndustrie2020.html#!en
https://service.destatis.de/DE/karten/EnergieverbrauchIndustrie2020.html#!en
https://service.destatis.de/DE/karten/EnergieverbrauchIndustrie2020.html#!en
https://www.geothermie.de/bibliothek/lexikon-der-geothermie/b/brennwert.html
https://www.geothermie.de/bibliothek/lexikon-der-geothermie/b/brennwert.html
https://www.geothermie.de/bibliothek/lexikon-der-geothermie/b/brennwert.html
https://biogas.fnr.de/biogas-nutzung/biomethan
https://biogas.fnr.de/biogas-nutzung/biomethan
https://biogas.fnr.de/biogas-nutzung/biomethan
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Some facts about natural gas in Germany (2/2)

Storage capacity for natural gas in Germany is 22.7 bcm (21 porous rock storages, 29 cavern storages, pipelines not 
considered). This would store ca. 250 TWh SRG (HHV, about 30% of the current consumption per year). 

Making 250 TWh SRG via PtG needs a lot of green electricity 
500 TWh at 50% overall efficiency 
312,5 TWh at 80% overall efficiency   

Current gross consumption of electrical energy in Germany is 549 TWh (Wind: 125, PV: 60.8, Hydro: 17.5, Biomass: 50.2) 

Current curtailed electrical energy per year in Germany (mostly from wind energy) is ca. 6 TWh 

Current stock market price of natural gas in Germany is 40 - 50 €/MWh

Current stock market price of electrical energy in Germany is 80 - 90 €/MWh

Current price of CO2 certificates in Germany is about 90 €/t

1 MWh methane converts into 0.2 t of CO2, which then gives currently a penalty of 18 €/MWh for fossil methane 

To make PtG economically viable, we need a much higher CO2 certificate price or natural gas price, 
or a much lower electricity price; Imports from sweet spots and load-flexible plants
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Stock market gas price in Germany

Source: https://www.bundesnetzagentur.de/DE/Gasversorgung/aktuelle_gasversorgung/_svg/Gaspreise/Gaspreise.html

€/MWh

https://www.bundesnetzagentur.de/DE/Gasversorgung/aktuelle_gasversorgung/_svg/Gaspreise/Gaspreise.html
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Stock market electricity price in Germany
€/MWh

Source: https://www.dashboard-deutschland.de/indicator/data_preise_strom

https://www.dashboard-deutschland.de/indicator/data_preise_strom
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Where could the CO2 come from? 

R. Dittmeyer25.11.20217

Source: Fröhlich et al. (2019), DEHST 2021: Emissionshandelspflichtige Anlagen in 
Deutschland 2020 (Stand 03.05.2021), eigene Darstellung IZES, MVA nicht vollständig, 
Umweltbundesamt 2021

FVEE ± Jahrestagung 2021: Mit Wasserstoff zur Klimaneutralität ± von der Forschung in die Anwendung

Brosowski | Müller-Langer | Lenz | Horst | Dittmeyer | 
Uzor | Borchers | Thrän | Viebahn | Zuberbühler Folie 15

Welche Kohlenstoffquellen existieren?
Punktquellen

Quellen: Fröhlich et al. (2019), DEHST 2021: Emissionshandelspflichtige Anlagen in Deutschland 
2020 (Stand 03.05.2021), eigene Darstellung IZES, MVA nicht vollständig, Umweltbundesamt 2021

Urheber: 
Paul Heinzmann, Simon Glöser-Chahoud, (reFuels-Projekt am KIT)

Industrielle Punktquellen

106 Mio. t CO2

Bioenergieanlagen

35 Mio. t CO2

Fossile Stromerzeugung

222 Mio. t CO2

Industrial point sources

Bioenergy plants

Fossil power plants

Source: P. Heinzmann, S. Glöser-Chahoud, KIT-IIP, 
reFuels-Projekt am KIT, 2019

A. Brosowski, F. Müller-Langer, V. Lenz, J. Horst, R. Dittmeyer, L. Uzor, M. Borchers, D. Thrän, 
P. Viebahn, U. Zuberbühler, FVEE Jahrestagung 2021 

And there is air, be it ambient or indoor…
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The PtX landscape in Germany - dena Strategieplattform Power to Gas (2011) 
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Source: https://www.dena.de/themen-projekte/projekte/projektarchiv/strategieplattform-power-to-gas/

Publications:
Factsheet: Wasserstoff 
Factsheet: PowerFuels 
Broschüre: Baustein einer 
integrierten Energiewende: 
Roadmap Power to Gas  
Flyer: Kurzzusammenfassung 
Roadmap Power to Gas 
Studie: Potenzialatlas Power to Gas 
Fachbroschüre: Systemlösung 
Power to Gas

https://www.dena.de/themen-projekte/projekte/projektarchiv/strategieplattform-power-to-gas/
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The PtX landscape in Germany - DVGW / H2020 Project Store&Go

R. Dittmeyer20.06.20239

Source: https://www.dvgw.de/themen/energiewende/power-to-gas

Innovative large-scale energy 
storage technologies and 
Power-to-Gas concepts after 
optimisation
Roadmap for large-scale storage based PtG 
conversion in the EU up to 2050

https://www.dvgw.de/themen/energiewende/power-to-gas
https://www.youtube.com/watch?v=j6ktfz2R9fo
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Methanation of carbon dioxide
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Main reaction

CO2 + 4H2 ⇌ CH4 + 2H2O

CO + 3H2 ⇌ CH4 + H2O

CO2 + H2 ⇌ CO + H2O

2CO ⇌ CO2 + C

CH4 ⇌ C + 2H2

ΔH0
R = − 165.1 kJ/mol

ΔH0
R = 41.2 kJ/mol

ΔH0
R = − 206.3 kJ/mol

ΔH0
R = − 172.5 kJ/mol

Side reactions

Reverse water gas shift 
reaction (rWGS) 

Sabatier reaction

CO methanation

Boudouard reaction

Methane pyrolysisΔH0
R = 74.9 kJ/mol

Catalysts
Typically Ni supported on Al2O3, SiO2, ZrO2, TiO2, MgAl2O4 
Typically 5-40 wt.-% Ni
Issues: carbon formation, sintering, stability in transient operation
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Detailed reaction mechanism
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Reaction Kinetics of CO and CO2 Methanation over Nickel
Daniel Schmider, Lubow Maier, and Olaf Deutschmann*

Cite This: Ind. Eng. Chem. Res. 2021, 60, 5792−5805 Read Online
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ABSTRACT: Methanation of both CO and CO2 with electrolysis-
sourced hydrogen is a key step in power-to-gas technologies with nickel
as the most prominent catalyst. Here, a detailed, thermodynamically
consistent reaction mechanism for the methanation reactions of CO and
CO2 over Ni-based catalysts is presented. This microkinetic model is
based on the mean-field approximation and comprises 42 reactions
among 19 species. The model was developed based on experiments
from a number of studies in powder and monolith catalysts. These are
numerically reproduced by flow field simulations coupled with the
kinetic scheme. The reaction mechanism features multiple paths for the
conversion of CO and CO2 into CH4, including a carbide pathway and
direct hydrogenation of CO2 on the surface. The model developed describes the methanation process adequately over a wide range
of temperatures, catalyst loadings, support materials, and reactant ratios. Hence, it can serve as a microkinetic basis for reaction
engineering and up-scaling purposes.

1. INTRODUCTION
The catalytic methanation of CO and/or CO2, a key step in
power-to-gas (PtG) technologies, has been extensively
investigated. The production of synthetic natural gas (SNG)
from hydrogen coming from electrolyzers is of special interest
for the storage of renewable electrical energy in the form of
hydrocarbons,1,2 especially as many regions already possess an
extensive natural gas grid. Since water is the only significant
side product of methanation, the product stream is rather
easily introducible into the natural gas grid after dehydration.
CO2 and combined CO/CO2 methanation also is of interest
for CO2 point sources such as typical steel plant, where large
portions of the exhaust gases consist of CO and CO2.

3

The catalytic methanation of CO and CO2 has been studied
since its discovery by Sabatier and Senderens in 1902.4 The
primary application of this reaction has been the purification of
syngases via the removal of CO. The commercial conversion of
CO to CH4 is primarily realized over a Ni catalyst.

F HCO 3H CH H O, 206.2 kJ mol2 4 2 R
1+ + Δ =− −

(1)

While CO2 methanation research was largely a byproduct of
work on CO methanation, it has attracted more attention
recently.5−8 Generally, Ni is also primarily used as the catalyst,
with Ru also drawing some interest.5

F HCO 4H CH 2H O, 165.0 kJ mol2 2 4 2 R
1+ + Δ =− −

(2)

Both reactions are highly exothermic; thus, high temperatures
are unfavorable to the conversion of the carbon oxides.
Additionally, high pressures are very conducive to high

methane yields. Due to the species partaking in these reactions,
the water-gas shift (WGS) reaction (3) needs to be taken into
account when dealing with methanation systems.

F HCO H O CO H , 41.2 kJ mol2 2 2 R
1+ + Δ =− −

(3)

The reverse water-gas shift reaction (RWGS) utilizes the same
reactants as CO2 methanation; therefore, in experiments of this
kind, there will likely be CO evolution alongside CH4
production. At the same time, interconversion between CO
and CO2 as well as reforming reactions of the produced CH4
may also take place. A typical issue for carbon-containing
reaction processes over Ni catalysts is coke formation on the
active component.9 These many chemical interactions rather
call for a microkinetic model, i.e., a detailed, multistep surface
reaction mechanism with associated kinetic and thermody-
namic data, than a macrokinetic description. The microkinetic
model should include all relevant species and possible reaction
routes from/to CO and CO2 to/from CH4 as well as WGS and
RWGS and be tested for a wide range of conditions.
The elementary steps of CO and CO2 methanation over Ni

catalysts have been extensively studied over time. It is generally
accepted that the activation of CO is achieved via associative
adsorption. This is supported by experimental findings
supporting the argument that associative CO adsorption
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Actual surface reaction mechanism is much more complex; 
42 elementary steps proposed

Table 2. Detailed, Thermodynamically Consistent Reaction Mechanism for the Methanation of CO and CO2 over Ni
a

reaction Aj (cm, mol, s) or S0 (*) βj Ea,j (kJ mol−1) εij (kJ mol−1)

H 2(s) 2H(s)2 + → (R1) 1.46 × 10−2* 0 0

2H(s) H 2(s)2→ + (R2) 4.54 × 1021 −0.138 96.1

CH (s) CH (s)4 4+ → (R3) 1.06 × 10−2* 0 0

CH (s) CH (s)4 4→ + (R4) 2.79 × 1015 0.085 37.0

H O (s) H O(s)2 2+ → (R5) 1.16 × 10−1* 0 0

H O(s) H O (s)2 2→ + (R6) 2.04 × 1012 −0.031 61.0

CO (s) CO (s)2 2+ → (R7) 6.29 × 10−5* 0 0

CO (s) CO (s)2 2→ + (R8) 4.99 × 107 0.018 25.8

CO (s) CO(s)+ → (R9) 3.74 × 10−1* 0 0

CO(s) CO (s)→ + (R10) 1.14 × 1012 −0.103 112.0 50.0†

CO (s) (s) CO(s) O(s)2 + → + (R11) 1.60 × 1023 −1.001 89.3

CO(s) O(s) CO (s) (s)2+ → + (R12) 5.81 × 1019 0 123.6 50.0†

CO(s) (s) C(s) O(s)+ → + (R13) 2.36 × 1014 0 116.2 50.0†

C(s) O(s) CO(s) (s)+ → + (R14) 2.54 × 1018 0 148.1 105.0‡

CO(s) H(s) C(s) OH(s)+ → + (R15) 3.05 × 1018 −0.223 105.3 50.0†

C(s) OH(s) CO(s) H(s)+ → + (R16) 2.18 × 1018 0.128 62.8 105.0‡

CO(s) H(s) HCO(s) (s)+ → + (R17) 6.82 × 1021 −0.979 132.1

HCO(s) (s) CO(s) H(s)+ → + (R18) 2.18 × 1020 −0.021 0.2 −50.0†

HCO(s) (s) CH(s) O(s)+ → + (R19) 5.10 × 1015 0.023 81.7

CH(s) O(s) HCO(s) (s)+ → + (R20) 3.42 × 1019 −0.023 110.2

H(s) C(s) CH(s) (s)+ → + (R21) 1.33 × 1024 −0.456 157.7 105.0‡

CH(s) (s) C(s) H(s)+ → + (R22) 2.63 × 1022 0.456 22.3

CH(s) H(s) CH (s) (s)2+ → + (R23) 3.21 × 1025 −0.084 81.1

CH (s) (s) CH(s) H(s)2 + → + (R24) 6.16 × 1024 0.084 95.2

CH (s) H(s) CH (s) (s)2 3+ → + (R25) 7.78 × 1022 −0.048 59.5

CH (s) (s) CH (s) H(s)3 2+ → + (R26) 6.16 × 1024 0.048 95.9

CH (s) H(s) CH (s) (s)3 4+ → + (R27) 3.63 × 1021 −0.048 65.7

CH (s) (s) CH (s) H(s)4 3+ → + (R28) 6.16 × 1021 0.048 53.6

H(s) O(s) OH(s) (s)+ → + (R29) 1.16 × 1024 −0.176 104.2

OH(s) (s) H(s) O(s)+ → + (R30) 7.70 × 1019 0.176 29.8

H(s) OH(s) H O(s) (s)2+ → + (R31) 2.34 × 1020 0.075 44.1

H O(s) (s) OH(s) H(s)2 + → + (R32) 2.91 × 1021 −0.075 90.4

2OH(s) H O(s) O(s)2→ + (R33) 1.01 × 1020 0.251 95.1

H O(s) O(s) 2OH(s)2 + → (R34) 1.89 × 1025 −0.251 215.8

H(s) CO (s) COOH(s) (s)2+ → + (R35) 1.29 × 1025 −0.46 117.2

COOH(s) (s) CO (s) H(s)2+ → + (R36) 1.29 × 1020 0.46 33.8

COOH(s) (s) CO(s) OH(s)+ → + (R37) 6.03 × 1023 −0.216 54.4

CO(s) OH(s) COOH(s) (s)+ → + (R38) 1.45 × 1021 0.216 97.6 50.0†

COOH(s) H(s) HCO(s) OH(s)+ → + (R39) 4.22 × 1023 −1.145 104.7

HCO(s) OH(s) COOH(s) H(s)+ → + (R40) 3.25 × 1019 0.245 16.1

2CO(s) CO (s) C(s)2→ + (R41) 6.31 × 1013 0.5 241.7 100.0†

C(s) CO (s) 2CO(s)2+ → (R42) 1.88 × 1021 −0.5 239.3 105.0‡

a(s) represents an empty surface site. † denotes coverage dependency on CO(s), ‡ on C(s). The mechanism is available in electronic form at www.
detchem.com.
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determines the number of catalytic sites. The reaction kinetics
were modeled using Arrhenius-type rate expressions of the
form

k A T
E

RT RT
exp expj j

j ij ija,
j

θ
=

− ϵβ ikjjjj y{zzzz ikjjjjj y{zzzzz (9)

where kj is the reaction rate coefficient, Aj is the preexponential
factor, βj is a temperature dependency parameter, θij is the
surface coverage of species i in reaction j, Ea,j is the activation
energy of reaction j, and R is the ideal gas constant. Equation 9
accounts for coverage-dependent changes in the heat of
formation of surface intermediate i, resulting in additional
coverage-dependent contributions to the activation barrier Ea,j.
The corresponding contributions ϵij are incorporated in the
calculation of the activation energy according to the repulsive
(ϵi > 0) or attractive (ϵi < 0) self-interactions of adsorbed
species i on the surface. However, herein, only self-interactions
of the most abundant surface intermediates are considered, as
those contribute the most according to the degree of rate
control theory.50 The production rates of a species si̇ are then
determined by

s k ci
j

ji j
i

i
ji∑ ∏ν̇ = ν

(10)

Here, νji represents the stoichiometric coefficient of species i in
reaction j, kj is the reaction rate coefficient, and ci is the
concentration of species i in reaction j. The surface coverage of
adsorbed species θi is evaluated by

t
si i iθ σ∂

∂ = ̇
Γ (11)

With t representing time and σi indicating the number of
catalyst sites occupied by the adsorbate.
The software tool CaRMeN was employed as an interface

between the user and the DETCHEM program package to
enhance the workflow when dealing with large amounts of
experiments/simulations.51 It automates sets of calculations,
resulting in an accelerated workflow and a lower potential for
error.
Thermodynamic consistency was enforced using the

DETCHEMADJUST tool.45 It ensures that the chemical
equilibrium is represented accurately for any initial composi-
tion in the limit of infinite time. To achieve this, all included
reactions are required to be microkinetically reversible, i.e.,
every pair of forward and backward reaction rate coefficients
must be linked by an equilibrium constant. With the
commonly known relation between equilibrium constant and
Gibbs free energy, the rate constants of a pair of forward and
backward reactions kf and kr must fulfill the equation

k T
k T

c
G

RT
F

G
RT

( )
( )

( ) exp exp
i

i
f

r

R
c,p

Ri∏= − Δ = − Δν⊖ ikjjj y{zzz ikjjj y{zzz
(12)

with ci
⊖ signifying the concentration of species i at standard

conditions, νi denoting the stoichiometric coefficient of i, ΔRG
representing the Gibbs free energy of the reaction, and Fc,p
denoting the conversion factor between Kp and Kc. Since the
reaction Gibbs free energy is the sum of the Gibbs free
energies of the partaking species, it can be expressed as

G T G T

H c T T TS c T T
T

( ) ( )

( ) ln

i
i i

i
i i i i i

R

0 p 0 0 p
0

∑

∑

ν

ν

Δ =

= + − − + ·
Ä
Ç
ÅÅÅÅÅÅÅÅÅÅ

É
Ö
ÑÑÑÑÑÑÑÑÑÑ

(13)

under the assumption of constant heat capacities. Here, Gi, H0i,
S0i, and cp̅i represent the Gibbs free enthalpy, the standard
enthalpy and entropy, and the temperature-averaged heat
capacity of species i, respectively. Combining eq 13 with the
logarithm of eq 12 yields the following relation

k k F
G T

RT

R
H c T

T
c T

S c T

ln ln ln
( )

(1 ln )

ln

m
m

i

n

n n n
n

n n

f r c,p

0 p 0
p 0

0 p

∑

∑

ν

ν

− = − −

−
+ −

− +

Ä
Ç
ÅÅÅÅÅÅÅÅÅ É

Ö
ÑÑÑÑÑÑÑÑÑ (14)

where m denotes species with known thermodynamic
properties (i.e., gas-phase species) and n indicates those
without (i.e., surface species). Consolidating the unknown
thermodynamic functions into one, y(T), all known quantities
into w(T), and introducing the adjustments to the rate
coefficients x(T) yield a system of equations for the pairs of
reversible reactions q

x T x T w T
G T

RT
y T( ) ( ) ( )

( )
( )

n
n

n
nfq rq q q∑ ν− = − ·

(15)

with

w T F
G T

RT
k k( ) ln

( )
ln ln

m
m

i
q c,p f r∑ ν= − − +

(16)

and x(T) and y(T) in the form

x T y T a b T c
T

( ) ( ) lnq n= = + +
(17)

The objective is to find thermodynamic functions xq(T) and
yn(T) that fulfill eq 15 while minimizing the correction terms

Figure 2. Reaction scheme of the kinetic model developed in this work. Some reactions are omitted for clarity. Featured pathways: (I) carbide
pathway; (II) H-assisted CO dissociation; (III) direct CO2 dissociation; (IV) H-assisted CO2 dissociation.
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Kinetics for a stoichiometric mixture of H2:CO2 = 4:1 
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Source:  D. Schmider et al., Ind. Eng. Chem. Res. 2021, 60, 5792−5805 

might suppress the exothermic methanation reaction, leading
to an overestimation by the simulation.
Additionally, the model was compared to global kinetics for

an experiment over a 40.8% NiAlOx catalyst at a pressure of 8
bar (experiment 9).35 A selection of global models is listed in
Table 3. The rate expressions of the listed models are included
in Table S1 in the Supporting Information. The comparison,
presented in Figure 8, shows that for this experiment, our
kinetic model matches the experimental data more accurately
than any of the global models except the one presented in the
original publication, itself derived with this experiment as part
of the dataset. The latter agrees better with the experimental
data at lower temperatures, while the equilibrium is better
represented by the model presented herein. A clear advantage
of detailed kinetics is also immediately apparent in the
description of the equilibrium composition. Two of the
represented global models only contain a term for the forward
reaction, which leads to the prediction of full conversions at

higher temperatures and absence of an equilibrium. Due to the
nature of thermodynamically consistent elementary kinetic
models, the correct representation of the equilibrium is
ensured. It is also important to note that this experiment was
performed at a pressure of 8 bar. Despite the dataset used to
establish this kinetic model consisting almost exclusively of
experiments at atmospheric pressure, this result shows that the
mechanism can successfully be applied to higher pressures.
To gain further information on the mechanism of the

methanation reaction, its reaction pathway has been evaluated
using reaction flow analysis of the simulations. The results for a
CO2 methanation study (experiment 935) are displayed in
Figure 9.
The analysis shows that using this kinetic model, the

methanation is predicted to proceed largely via the direct
hydrogenation of CO2(s) and the dissociation of the resulting
formate intermediate to form CO(s), which consequently
forms the surface carbide C(s) by the way of H-assisted
dissociation. This last step is anticipated to proceed directly,
without the formation of a formyl intermediate. The
prominence of the formate/carboxyl intermediate is supported
by in situ measurements17,22 as well as DFT calculations that
conclude that direct hydrogenation of CO2(s) is more
favorable than direct dissociation.19 As the simulations predict
the dissociation of formate into CO(s), experimental results
that show CO(s) as an intermediate16,56,57 are not in
disagreement with the numerical results. DFT calculations by
different groups show that the direct dissociation should
however be favored energetically.18,31 More research into the
mechanism of CO2 methanation is therefore recommended.

3.4. Combined CO and CO2 Methanation. The
applicability of the model in regard to methanation using
both CO and CO2 in the inlet gas is discussed next. This
reaction system often exhibits an inhibition of CO2 conversion
in the presence of amounts of CO as small as 200 ppm.6

Therefore, in hydrogenation experiments of CO and CO2, CO2
conversion only sets in after CO is almost completely
converted.42,44 Two such experiments are displayed in Figure
10. Experiment 10 features an experiment converting a mixture
of 35.5% H2, 17.6% CO2, 11.8% CO, 4.1% CH4, and 59 ppm
O2 over a Ni/Al2O3 catalyst.36 Interestingly, at this initial
composition, CO2 is not converted into CH4, but rather
produced, especially at temperatures above 500 K. The model
predicts this behavior well. In experiment 11, there is
significant conversion of both CO and CO2. In the study
over a 5% Ni/ZrO2 catalyst with an inlet gas composition of
17% CO2, 57% H2, and 0.6% CO, the predicted light-off of CO
and CO2 occurs up to 30 K sooner than that observed in the
experiment. Both the experimental and simulation data clearly
depict the inhibition of CO2 methanation by the presence of
CO. At lower temperatures, CO is converted to CH4 and H2O,
with conversion increasing with rising temperatures. Once a
large portion of CO is consumed, CO2 conversion sets in. At
the beginning, CO2 is partially converted to CO (this leads to
the return of negative conversion values of CO), which is
further fully hydrogenated to CH4. This phenomenon is
replicated well by the model, although both CO and CO2
conversions are predicted to occur at higher temperatures than
the experiment shows.
To illustrate this phenomenon more clearly, the simulated

progression of the reactive flow through the catalyst bed in
another co-methanation experiment over a 5% Ni/SiO2
catalyst (experiment 18;44 conversion graph in Figure S2 in

Figure 8. Comparison of the predicted conversions for a CO2
methanation experiment35 for the detailed kinetic model (blue) and
a sample of global models. The experimental values are represented as
dots, and the equilibrium compositions are indicated by the dashed
line.

Figure 9. Reaction flow analysis for a CO2 methanation experiment
with a gas mixture of 10% CO2 and 40% H2 with 50% inert gas over a
40.8% NiAlOx catalyst at 600 K (experiment 935). Only surface
species are shown. Reactions with proportions of less than 0.1% are
omitted for ease of reading.

Industrial & Engineering Chemistry Research pubs.acs.org/IECR Article

https://doi.org/10.1021/acs.iecr.1c00389
Ind. Eng. Chem. Res. 2021, 60, 5792−5805

5801

Comparison of the predicted conversions for a CO2 methanation experiment for the detailed kinetic model (blue) 
and a sample of global models.

Note that the reaction is fast and highly exothermic, and 
isothermal conditions are difficult to achieve. 

In addition to heat removal from the reactor, heat and mass 
transport around and inside the catalyst particles may also affect 
the experimental results. 
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xm(T). The unknown thermodynamic properties of surface
species can be obtained from yn(T). The use of DET-
CHEMADJUST ensures that thermodynamic consistency is
reinstated after modifications to the kinetic parameters. The
adjustments to the kinetic parameters are minimized to reduce
impact on the model performance. The procedure is explained
in more detail in a publication by Stotz et al.52

2.3. Microkinetic Model. The presented microkinetic
model is based on a model formerly developed for methane
oxidation and steam reforming over Ni,53 and later extended to
also include CO2 reforming reactions.54 This model was not
suited to emulate both CO and CO2 methanation reactions as
well as co-methanation systems. The goal of this work is to
adapt the mechanism to enable the description of all
methanation reactions. The source kinetic parameters of the
reversible elementary steps were derived from transition state
theory and semiempirical UBI-QEP calculations for a Ni(111)
surface in the limit of zero coverage.53 Considering the
importance of carbide formation in oxygen-free methanation
conditions, the selected steps with surface carbon species were
corrected for C(s)-coverage-dependent activation energies.
A potential energy diagram for a possible path of CO

methanation on a Ni(111) surface based on heat of formation
of surface intermediates and activation energies is shown in
Figure 1. For the first carbon hydrogenation step, calculations
for surfaces coverage θC = 0 and θC = 1 were performed and
display a significant disparity in the activation barrier.
In the model development procedure, the preexponential

factors of reactions were altered to improve the predictive
quality of the model in comparison to experimental data. The
changes in activation energy and the temperature parameter β
are rooted in the enforcement of thermodynamic consistency
by the DETCHEMADJUST tool.
The surface kinetics developed in this work feature 42

elementary (forth and backward) reactions including 5 gas-
phase and 14 surface species. All reactions are reversible.
Thermodynamic consistency is ensured between 300 and 2000
K by linking the reaction rate parameters of forward and
backward reactions with generated equilibrium constants and
thermodynamic functions. The complete detailed mechanism
is presented in Table 2.

A scheme of the kinetic model is shown in Figure 2. It
includes several pathways of methane formation from both CO
and CO2. CO activation is represented by a direct dissociation
of adsorbed CO(s) to a surface carbide species (I) and a
hydrogen-assisted dissociation, both in a single reaction step
and via a formyl intermediate (II). The conversion of CO2 also
features multiple pathways. The direct dissociation of CO2(s)
to CO(s) (III) is included in addition to the formation of a
formate/carboxyl species COOH(s) (IV), which can itself
further react to CO(s) or HCO(s). The formation of CH4 is
included as a result of stepwise addition of adsorbed hydrogen
to CHx(s) (0 ≤ x ≤ 3). Water formation proceeds via a
hydroxyl (OH(s)) intermediate. It is important to note that in
this model, C(s) is an active intermediate species and does not
block the Ni surface through coke formation.
The mechanism was developed by comparing its perform-

ance in the simulations to the experimental data and adjusting
the kinetic parameters manually to improve the fit. This
process was aided by reaction flow analysis and a process
determining the effect of particular parameters on the
predicted conversions. All major adjustments of the kinetic
model were performed manually, there was no algorithmic
optimization procedure. Minor changes to the model were
caused by the method used to enforce thermodynamic
consistency, which is described above. The performance of
the mechanism is analyzed by comparing its predicted gas
composition over a range of temperatures against experimental
data from both literature and in-house measurements in either
species axial profiles or conversion data by end-of-pipe
measurements, if the former was not made available.

3. RESULTS AND DISCUSSION
3.1. Thermodynamic Considerations. To judge the

performance of the kinetic model in the thermodynamic
equilibrium, the composition of a stoichiometric feed at
equilibrium as a function of temperature was evaluated using
DETCHEMEQUIL.45 The results are displayed in Figure 3,
reflecting the known fact that CH4 formation, both from CO
and CO2, is thermodynamically suppressed by high temper-
atures and promoted by high pressures. At atmospheric
pressure, the CH4 mole fraction in the equilibrium is very

Figure 3. Equilibrium positions of stoichiometric feeds for CO (left, H2/CO = 3:1) and CO2 (right, H2/CO2 = 4:1) as a function of temperature
for pressures of 1 (solid line) and 20 (dashed line) bar.
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High equilibrium conversion is favoured by low 
temperature and high pressure   

Carbon formation is expected over a wide 
temperature range, in particular at low pressure
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site according to Le Chatelier’s principle. However, since not all water is removed,
but the dew point can be adjusted by controlling the temperature of the cooler, (2)
deactivation due to carbon deposition is limited and catalyst lifetime prolonged this way.
The resulting gas stream is again preheated before entering the second, also externally
counter stream cooled reactor stage with temperatures between 250 and 300¶C. After
removal of water, the product gas fulfills the criteria to be fed into the gas grid without
further purification or separation steps. Preferable total pressures range between 2 and
8 bar, while gas hourly space velocities (GHSV) are preferably between 2000-4000 h≠1

for the first stage and 1500-4000 h≠1 for the second stage, respectively. According to
the embodiments, methane contents of 99% in the dried product gas are obtained at
conditions consistent with the values listed above.

Figure 2.2: Simplified flow scheme of Solar Fuel’s patented process [66]

In contrast, MAN Diesel & Turbo SE patented in 2011 a sophisticated, single reactor
concept, also for pure CO2/H2 methanation [67]. The reactor is designed as shell-
and-tube reactor with at least two separate reactor zones. Tubes filled with catalyst
pellets are externally cooled by cooling medium, preferably molten salt. Each reactor
zone has an separate cooling zone and cooling cycle so that the temperatures of the
zones can be adjusted individually. The first zone is operated at higher temperatures
to facilitate fast reaction rates for gases with large fractions of H2 and CO2, while the
temperature in the last zone, where the gas composition is closer to equilibrium, is
reduced so that the equilibrium is shifted to higher methane fractions. Preferably, the
reactor tubes feature distinct hydraulic diameters in di�erent zones. In the first zone, a
smaller hydraulic diameter is advantageous, because a larger exchange area is provided
per catalyst volume, transport distances for radial removal of heat are shorter and heat
transfer is consequently enhanced. This way, heat can be removed e�ciently such that
hot spot temperatures are limited and still the controlled temperature rise is exploited
for accelerating reaction rates. In the last zone, however, only a small fraction of the
reaction heat is released and for this reason larger hydraulic diameters and accordingly
higher catalyst-to-reactor-volume ratios facilitate the approach to equilibrium. Whilst
maintaining the same tube diameter over the whole length of the reactor, the hydraulic
diameter in the first zone can be reduced by centrally placing a tube of smaller diameter
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How to reach high conversion required for grid injection? 
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Standard approach in chemical engineering is to use consecutive adiabatic reactor stages with 
indirect or direct interstage cooling. In the case of methanation, two stages should be sufficient.
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Source:  D. Schlereth, Dissertation, TU München, 2015
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Simplified flow scheme of Solar Fuel’s patented process.  
Solar Fuel GmbH, The high efficiency process for the catalytic methanation of gas 
mixtures containing carbon dioxide and hydrogen 2011, DE 10 2009 059 310 A1
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Reactors for catalytic methanation
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Source:  https://bit.ly/3QoRQQi; https://bit.ly/3xqF1MK

Packed bed tubular reactor with cooling by evaporation of water 
under pressure or by molten salt

Source: R. Bank, J. Dachs, F. Egner, V. Frick, M. Lehr, M. Specht, B. Stürmer, 
Shell- and-tube reactor for carrying out catalytic gas phase reactions 2012, WO 
2012 035 173 A1 

Built by MAN Diesel & Turbo in 6.3 MWel scale at EWE’s biogas site in Werlte (2013).  
Methane content 92-95% 
Dynamic operation 70-100% 
Footprint 8 x 4 x 15.5 m

https://bit.ly/3QoRQQi
https://bit.ly/3xqF1MK
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Challenges: 
Thermal runaway 
Catalyst deactivation by sintering 
Low conversion due to low average bed 
temperature caused by hot spot

Exponential dependency of the heat generation rate on temperature while cooling rate is linear creates hot spot

chemical engineering research and design 9 2 ( 2 0 1 4 ) 702–712 707

Table 2 – Parameters in the reference case.

Space velocity GHSV 5000 h−1

Catalyst mass mcat 3 kg
Flow rate Q 10.9 Nm3 h
Total pressure p 10 bar
Feed mole fraction H2 x0(H2) 0.8
Feed mole fraction CO2 x0(CO2) 0.2
Pellet diameter dp 3 mm
Catalyst density !cat 2350 kg m3

Bed density !bed (1 −  )!cat

Bed porosity   0.4
Cooling temperature Tc Tfeed

Pore diameter dpore 20 nm
Tortuosity " 4

ppm-range (<50 ppm) for temperatures below 300 ◦C. Thus,
thermodynamically it is possible to produce a synthetic natu-
ral gas that can be fed into the natural gas grid without further
purification and separation steps except for the removal of
water from the product gas.

3.2.  Parametric  sensitivity  and  runaway  behavior

At first, the parametric sensitivity concerning the feed and
cooling temperature is investigated using the 1D pseudo-
homogeneous reactor model for the stoichiometric feed gas
composition of H2/CO2 = 80/20 at a tube diameter of 2 cm and
a total pressure of 10 bar. The reference conditions are sum-
marized in Table 2. If not specified otherwise, results relate
to these data. Fig. 3a shows that for a feed temperature of
279 ◦C a moderate hot spot with a temperature rise of about
11 ◦C is developed and a yield of 32% methane is obtained. A
temperature rise of 3 ◦C provokes a pronounced hot spot and
significantly raises the yield to 40.8%. A further increase in
the feed temperature causes the runaway of the reactor: the
heat release due to the chemical reaction exceeds the heat
removal potential. The maximum temperature is above 690 ◦C
now and a yield of 91.9% is obtained. According to the phase
diagrams in Fig. 3b the methanation reaction runs into equi-
librium in the hot spot (Y ≈ 50%) for the feed temperature of
285 ◦C. While cooling down, the equilibrium is shifted and the
methanation proceeds. Nevertheless, falling below a certain
temperature, the reaction rate is too low and the cooling is too
fast respectively, so that the equilibrium composition cannot
be maintained and at the reactor outlet temperature of 285 ◦C
the equilibrium yield 98.3% is not attained.

A thorough parameter variation study concerning all pro-
cess and design variables has been performed to screen
whether moderate hot spots can be kept up in a parametric
stable region to allow for high yields and stability likewise.
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Fig. 4 – Maximum temperature and yield as a function of
feed temperature in dependence on the tube diameter.

Fig. 4 for instance illustrates the influence of the tube diameter
on the reactor performance. Lowering the tube diameter, the
radial heat dispersion is facilitated because of shorter trans-
port distances and higher Reynolds numbers. Consequently,
the reactor is operated isothermally up to higher tempera-
tures. Nevertheless, operation points with moderate hot spots
are not found. The formation of a hot spot provokes a runaway
even at a tube diameter of 1 cm.  However, the heat removal is
so efficient that the region of parametric sensitivity is shifted
to temperatures >305 ◦C and yields <70% are obtained. In addi-
tion to severe fluid flow maldistribution effects at the low
dtube/dp-ratio, that are not taken into consideration in the
1D model, an unfeasible reactor length >20 m results in this
case. For d > 6 cm,  the worse heat transfer prevents appropri-
ate cooling after the hot spot and accordingly the equilibrium
is shifted less than for smaller diameters. Besides the tube
diameter, the total pressure and dilution of the catalyst were
found to be sensitive parameters. For the chosen space veloc-
ity the parameter variations point out that in the studied range
it is not possible to operate the reactor in the parametric stable
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Fig. 3 – Parametric sensitivity of the cooling temperature (dtube = 2 cm): (a) axial temperature profiles; (b) phase diagrams.
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Advanced structured reactors
Catalyst coated metallic honeycomb 
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3.2 Honeycomb (HCM) methanation 
As described above, a second methanation reactor downstream the three phase 
methanation is required for very high conversions. The HCM reactor is well suited for this 
application. It is packed with honeycomb structures – often called monoliths - which are 
impregnated with catalyst. These honeycombs are systems of cooled parallel channels which 
offer advantages compared to the established reactor systems (Figure 4). The high heat 
conduction allows controlling the temperature inside the reactor. As a consequence, a high 
temperature at the inlet (to have a high reaction rate) and a low temperature (because of 
equilibrium limitations) at the outlet can be achieved. Furthermore, abrasion and pressure 
drop of the monoliths are very low and the adjustable geometric parameters of the monoliths 
offer the possibility to realize new reactor concepts.  
 
 
 

    
Figure 4: Schematic of a honeycomb methanation reactor 
 
Developments to the HCM process achieved at the Engler-Bunte-Institut are shown in the 
following figures. Figure 5 shows the conversion of CO as a function of the reactor 
temperature for an over-stoichiometric H2/CO-Feed. With a wall temperature of 260 °C, the 
CO conversion reaches almost 100 %. The hotspot temperature in the honeycomb-reactor is 
about 49 K above the reactor temperature accelerating the reaction rate. Fixed-bed reactors 
have a significantly higher hotspot-temperature, which is very close to the adiabatic 
temperature. The selectivity increases with increasing temperature up to 98 % (in the 
investigated range). As byproducts, CO2 as well as higher hydrocarbons produced by 
Fischer-Tropsch synthesis can be detected.  
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Fluidised bed
Bubbling fluidised bed with built in heat exchanger

Main advantage of fluidised bed over 
packed bed 

Improved heat transport due to solid’s 
movement
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3 Innovative methanation concepts 

3.1 Three-phase methanation (3PM)  
The 3PM reactor is a slurry bubble column reactor filled with a heat transfer liquid in which 
fine catalyst particles are suspended by the rising gas bubbles (see Figure 1). The presence 
of the liquid-phase with its high heat capacity and high thermal conductivity allows for 
effective and accurate temperature control: the heat of reaction can be completely removed 
and the reactor can be operated almost isothermally. In addition, the slurry reactor concept 
enables continuous catalyst exchange during operation. This is of significant importance 
when dealing with potentially deactivating catalysts like Nickel. Furthermore, even under 
dynamic operating conditions isothermal mode of operation is possible [8, 9]. 
Drawbacks of the 3PM reactor are the heat transfer liquid thermal stability, which limits the 
reactor temperature, as well as the additional gas / liquid mass transfer resistance.  
 

 
Figure 1: Schematic of a three-phase methanation reactor. 

 
In Figure 2, the conversion of CO and CO2 (XCO and XCO2 respectively) is compared. As 
mentioned before, the CO methanation is faster than that of the CO2 methanation resulting in 
much higher conversions at the same conditions. Furthermore, it can be seen that high 
pressures are advantageous for achieving high conversion rates at a constant reactor 
volume. Elevated pressures improve the gas/liquid mass transfer as well as the intrinsic 
reaction rate. High CO and CO2 conversions (not shown here) are feasible within the 3PM 
reactor. However, XCO2 > 95 % are difficult to obtain. To reach higher XCO2 a second 
methanation step would be necessary.   
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Honeycomb vs. slurry bubble column
Mass transfer resistances

For typical conditions of the HCR the Reynolds number
in the channels is in the range of 10–500. Based on a
channel diameter of 1 mm and low Reynolds numbers
the channels can be described as ideal plug flow reactor
(Bo > 100) with nearly complete cross mixing in radial
direction [10]. This illustrates the intensification of transfer
phenomena in the channels.

Reaction conditions are set to allow for a maximum
hotspot temperature of 550 !C in the reactor. To achieve
this, the temperature inside the reactor is measured using
temperature sensors and the temperature of the cooling
medium is adjusted accordingly. For the described reactor
system, the cooling medium temperature is set to 220 !C.
Pressures between 6 and 21 bar (absolute) are chosen since
higher pressures influence the thermodynamic equilibrium
only to a small extent. The catalyst coating on the metallic
honeycombs is a commercially available product.

The slurry bubble column reactor (SBCR) presented in
this paper has three distinctive phases: the commercially
available solid catalyst (particle size of 50–100 mm) is sus-
pended in a heat transfer liquid and is fluidized by the educt
gases. A schematic drawing of all involved components is
shown in Fig. 2b.

Heat management in the SBCR is implemented by the
heat transfer fluid, which shows high heat capacity and,
thus, enables efficient heat transfer from the catalyst par-
ticles to the cooling medium in the cooling jacket. The
educt gases entering the bubble column through a perfo-
rated plate at the bottom enable back mixing resulting in
isothermal operation [13]. Requirements on the heat trans-
fer fluid are high educt and product gas solubility, high heat
capacity and high thermal stability.

Reaction conditions are set to a temperature of approx.
320 !C and pressure of 20 bar (absolute). Kinetically a high
temperature is favorable, but its maximum is limited by
the thermal stability of the liquid phase present in the reac-
tor and the thermodynamic equilibrium presetting the
maximum of conversion and corresponding methane yield.

2.2 Reaction Kinetics

For both reactor systems research at the EBI focuses on
reaction kinetics as well as heat and mass transfer phenom-
ena. Furthermore, hydrodynamic behavior in the SBCR is
investigated [14]. Götz [15] identified dibenzyl toluene
(DBT) as suitable fluid, which is recently gaining attention
due to its application as liquid organic hydrogen carrier
[16]. Lefebvre [17, 18] determined reaction kinetics in the
three-phase reactor. Regarding hydrodynamics Götz [19]
developed a novel gas holdup correlation for the SBCR that
can be used to describe the homogeneous flow regime.

Schollenberger [11, 12] determined reaction kinetics for
the HCR. Recent research focusses on heat transfer phe-
nomena and experimental determination of the effective
axial and radial heat conductivity in commercial honey-
combs.

2.3 Mass Transfer

An overview of mass transfer phenomena is presented in
Fig. 3. For both systems reaction takes place in the catalyst
particle or in the catalyst layer, so transfer of gaseous educts
and products to and from the catalyst has to be considered.

2.3.1 Honeycomb Reactor

In the honeycomb reactor, educts are transferred from the
bulk phase to the catalyst layer (thickness of about 100 mm)
where the reaction takes place resulting in a concentration
gradient in the gas phase. This process can be described by
mass transfer coefficients bi (1). From the outer surface of
the catalyst layer, the gas molecules diffuse to the active
sites in the catalyst. This process can be described using
molecular diffusion coefficients Di (2).

www.cit-journal.com ª 2020 The Authors. Published by WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim Chem. Ing. Tech. 2020, 92, No. 5, 595–602

Figure 3. Mass transfer phenomena in the honeycomb reactor (a) and the three-phase reaction system (b) based on theoretical
considerations.
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2.3.2 Slurry Bubble Column Reactor

Introducing a heat transfer liquid in the reactor offers bene-
fits regarding heat management and dynamic operation,
but it also introduces additional mass transfer resistances. A
schematic concentration profile is presented in Fig. 3b.

Transfer of the educt gas components from the bulk
phase to the gas-liquid layer is described by the mass trans-
fer coefficients bi,G (1). The Henry coefficients Hi,X of the
components describe solubility in DBT (2); this is a rate-
limiting step especially for hydrogen as it shows low solubil-
ity in most liquids. Solved in the liquid phase, mass transfer
from the gas-liquid layer (3) is considered using the mass
transfer coefficients bi,G/L. The bulk liquid phase can be
assumed as ideally mixed.

The mass transfer resistance from the liquid phase to the
solid catalyst particles is described using the mass transfer
coefficients bi,L/S (4). At the catalyst particle gas molecules
diffuse from the surface to the active catalytic sites in the
pores of the particle (5). This process can be described using
the diffusion coefficients Di,cat.

2.3.3 Comparison

Mass transfer in the SBCR plays a crucial role determining
the effective reaction rate. In the HCR, mass transfer resis-
tances are minimized. Since the channel diameter is in the
range of 1 mm, radial diffusion plays a significant role and
convective transfer is not dominant. The intensification of
transfer phenomena leads to high conversion rates and high
specific methane yields compared to established fixed-bed
reactors.

In the SBCR, mass transfer resistances are limiting the
effective reaction rate leading to low GHSV values com-
pared to two-phase reactor systems. To reach high con-
version, larger reactor volumes are needed, which is a slight
drawback compared to established fixed-bed reactor sys-
tems.

2.4 Heat Transfer

Both reactor concepts introduced show advanced heat
management characteristics compared to conventional
methanation reactor concepts. An overview of temperature
profiles in the HCR and the SBCR is shown in Fig. 4.

2.4.1 Honeycomb Reactor

In general, the approaches to describe heat transfer in the
honeycomb channels are analogous to mass transfer mecha-
nisms. A characteristic radial temperature profile is shown
in Fig. 4a. Reaction heat is released in the catalyst layer and
is transferred to the cooling medium by conduction through
the catalyst carrier. Depending on the feed volume flow and
the outer heat transfer coefficient a more or less axially and
radially pronounced temperature gradient is obtained. Con-
sequently, the HCR is operated in polytropic mode. Radial
conduction through the catalyst carrier dominates heat
transfer, whereas convective heat transfer in the channels is
almost negligible. Due to radial heat transfer resistances in
the catalyst carrier higher temperatures are obtained with
increasing throughput as more reaction heat is produced.
Temperature restrictions of the catalyst (hotspot tempera-
ture THS < 550 !C) are limiting the throughput of the
honeycomb reactor.

To describe heat transfer in metallic honeycombs estab-
lished approaches in the literature are based on monoliths
not considering additional resistances between the coiled
metal layers [11, 20]. For the metallic honeycombs heat
transfer is described by a model developed at the EBI for
cubic cells based on the interconnection of the heat transfer
resistances.

2.4.2 Slurry Bubble Column Reactor

In the SBCR reaction heat is removed using a heat transfer
liquid. A temperature profile of the reaction zone is pre-

Chem. Ing. Tech. 2020, 92, No. 5, 595–602 ª 2020 The Authors. Published by WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim www.cit-journal.com

Figure 4. Heat transfer phenomena in the honeycomb reactor (a) and the three-phase reaction system (b) based on theoretical
considerations.
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sented in Fig. 4b. The mixing effect in the bulk liquid phase
causes a constant temperature in the fluid phases. At the
catalyst particle, temperature is higher because of the reac-
tion heat released. However, the temperature increase is not
critical since convection is high. The combination of high
heat capacity of the liquid phase and high degree of mixing
enables isothermal reactor operation.

The liquid phase also enables dynamic operation of the
reactor, because of its heat management capabilities. Due to
inevitable fluctuations in renewable energy supply, educt
gas load of the methanation reactor can be fluctuating. The
high heat capacity of the system prevents the reactor from
cooling down or heating up (too) fast, so periods of high or
low gas load can be buffered and the necessary temperatures
of operation are assured. The transient operation of the
SBCR has been investigated by Lefebvre et al. [21].

2.4.3 Comparison

In the honeycomb reactor the throughput is limited by heat
transfer. However, all relevant steps have been identified
and can be quantified for reactor scale-up. The slurry bub-
ble column reactor is characterized by isothermal operation
and heat transfer is technically not an issue. This presents a
major advantage compared to two-phase reactors, in which
characteristic temperature hotspots are unavoidable. Hence,
no limiting heat transfer resistances are present enabling
dynamic operation of the reactor system.

3 Scale-Up

The two reactor systems are experi-
mentally investigated at various
scales with the aim of obtaining reli-
able data for scale-up to commercial
applications. Lab-scale plants at the
EBI provide first insights into the
systems and are used in ongoing re-
search projects for academic research
accompanying the experiments at
pilot- and demo-scale.

Fig. 5 shows an overview of the
scale-up activities performed for the
two presented reactor concepts. For
methanation in the HCR a lab-scale
plant was built in 2011 for basic
research topics. Within the scope of
the KIC DemoSNG project [22] a
mobile demo plant was designed in
2014 with an installed methanation
output of 60 kW. In the course of the
project the demo plant was trans-
ported to Sweden to the project part-
ner CORTUS SE and operated with a
syngas from a biomass gasfication.

During the operation of the plant a total carbon conversion
(CO and CO2) of more than 99 % was achieved.

In 2017 the up to now biggest plant using HCR technolo-
gy was built in Falkenhagen. This PtG plant with an
installed electric power of 1 MW and the accompanying
research activities are part of the EU-funded project
STORE&GO (see Fig. 6a). Commissioning of the plant was
completed in 2018 and the plant is up to now more than
1200 h on stream. The produced SNG is injected in a natu-
ral gas transportation grid, which means that all relevant
German requirements (yH2 < 2 vol % and yCH4 > 95 vol %)
fixed in [23, 24] are met. The pilot plant demonstrates the
fully integrated operation of a PtG plant with high efficiency
[25]. Ongoing activities at the EBI focus on refining the
technology in cooperation with industrial partners for a
plant size of approx. 20 MW.

For methanation in the SBCR a first lab-scale plant was
built in 2009 after preceding bench-scale tests. The plant is
equipped with both a SBCR and an autoclave reactor to
investigate different aspects of the reaction system.

In 2019, a unique SBCR plant was commissioned as part
of the KIT Energy Lab 2.0 (see Fig. 6b) with a CH4 output
equivalent to 100 kW [26]. The reactor has a diameter of
about 250 mm and a total height of roughly 3 m. The
dimensions allow a realistic evaluation of the reaction
system for technical application as influences of the reactor
diameter on gas holdup can be neglected for diameters
above 150 mm [27]. Basic research activities will be per-
formed to give reliable information on long-term operation
under technical conditions, e.g., with synthesis gas from the
adjacent bioliq! gasification plant or with highly dynamic

www.cit-journal.com ª 2020 The Authors. Published by WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim Chem. Ing. Tech. 2020, 92, No. 5, 595–602

Figure 5. Scale-up strategy for methanation reactor concepts at the Engler-Bunte-Institut.
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Honeycomb vs. slurry bubble column
Scale-up

Source:  Aerial photograph of the PtX facility at KIT’s Energy Lab 2.0. 
March 2021. Source: MDR WISSEN – Bremst Corona den Verkehr 
aus? Wie uns ein Virus zum Umlenken zwingt. https://bit.ly/361kR1Y

BMBF H2Mare / PtX-Wind:
Liquefaction unit added to the 
HCR plant in 2023 / 2024

Honeycomb 
reactor plant

Slurry bubble 
column reactor 
plant

https://bit.ly/361kR1Y
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Initiated in 2012 in the frame of KIC InnoEnergy project MINERVE 
(„Management of Intermittent & Nuclear Electricity by highly efficiency 
lectrochemical Reactor for the Valorization of CO2 in flexible Energies“)

Partners:
GDF Suez, CRIGEN, Paris
CEA, Grenoble
KIT, Karlsruhe
AGH, Cracow
Solvay (Rhodia), Lyon

Rationale:
Highly efficient solid oxide co-electrolyzer (> 80%)
CAPEX reduction due to the double function of the 
co-electrolyzer (steam and CO2 reduction to produce 
synthesis gas)
Higher global efficiency due to utilization of the 
reaction heat of methanation by steam generation 
(feed for electrolysis)

Methanation 
5-(20) bar SOEC 

H2O+CO2 

Electricity 

H2O 

200-350°C 
steam 

to SNG clean-up 

H2,CO, 
H2O,CO2 
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Outlet

Inlet

Thermal oil in

Thermal oil out

Slits for thermo-
couples

Cover plate with optional 
heating cartridges

Catalyst plates

Cooling plate

Cover plate with optional 
heating cartridges

Thermal oil flow

Feed 
gas flow

ca. 30 cm

mmFor details on the reactor, see:  Myrstad et al., Catal. Today 147 (2009) 301-304

Catalyst stop

Basic concept:
Isothermal conditions due to 
extraordinary cooling power

Reactor for lab-scale testing
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Key project outcomes

Reduced heating requirement in co-electrolysis (slightly exothermic mode) through steam supply at high temperature, 
i.e. only 2 % of total energy input is required for heating

“Raw” methane possesses good composition: 
- CH4   95.389%
- CO2   0.019%
- CO   0.000%
- H2O  0.461%
- H2  4.131%

Total efficiency: 83.5 % 
- AC/DC conversion of SOEC unit excluded 
- Efficiency is defined as: HHV (CH4 + H2) / [E(SOEC) + Q(aux)]

CO2 Utilization > 99.8 %



Institute for Micro Process Engineering (IMVT)

Microreactor technology for CO/CO2 methanation

R. Dittmeyer20.06.202326

Optimum operation regime : 250 < T < 450°C
Preferential methanation of CO
High temperature allowed at inlet, low temperature required 
at reactor exit 

Concept: Polytropic reactor with hot spot / falling temperature profile

Thermodynamics Desired temperature profile

See also:  M. Belimov et al., AIChE J. 2016 (DOI: 10.1002/aic.15461)
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Geometry
- 2 Slits, width 5 cm, length 10 cm, hight 0.2 cm
Catalyst
- 5 g of a commercial Ni-catalyst; particle size 200 - 600 µm, diluted with SiC
- mCat 10 times over design
Cooling / Heating
- Co-current, air / steam / pressurized water, 70 channels 500 µm x 500 µm 

cross section
- 5 Heating cartridges for pre-heating (330°C ignition temperature)

!VSG >1mN
3 h

Basic design principle:
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!VSG = 0.9 mN
3 h

!Vair = 60 lN min

!Vair = 80 lN min

!VSG = 1.4mN
3 h

!Vsteam = 68 lN min

!Vsteam = 80 lN min

Reproducible and stable T-profiles up to 1.4 m3/h syngas feed (H/C = 4); exit temperature > 350°C 
330 to 530 W of the generated heat transferred to air (ca. 40-50 W heat loss) 
Peak temperature < 500°C in catalyst bed even when applying heat transfer to air 
However, challenges with establishing the desired temperature profile without heating when applying evaporation cooling

Feed composition: 10% CO, 7% CO2, 72% 
H2 and N2 (internal standard)  
Feed temperature: 300°C; coolant inlet 
temperature: 150°C  
Reduced in-situ in N2/H2 = 1:1 (4h at 450°C)

air-cooled
steam-cooled

Operation with air and steam cooling
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4 Reactor development for decentralized methanation reaction

temperature profile applying the Ni3Fe catalyst in comparison with the mono-metallic

Ni catalyst. The amount of water dosed in steady-state conditions in passage 1 and 2

is equal to 9 and 4.5 g min−1, respectively. For this reason, the P1-test1 experiment, in

which in total 13.5 g min−1 of water was dosed as well is used for better comparability

(see Tab. 4.2). The temperature profiles for both catalysts are very similar and indicates

an identical course of the reaction. The CO2 conversion for this measurement was about

90.5% and the selectivity to methane formation equals to 99.8%. For better comparison,

the equilibrium CO2 conversion at reactor outlet temperature (= 367 ◦C), which is equal to

94.2% is displayed on the right y-axis (thermodynamic equilibrium methane selectivity

is equal to 99.96% at this temperature and composition). Considering the error margins

(clarified in Sec. 4.1.3), the reactor performance for both catalysts is very similar.

The other experiments with changed experimental conditions applying the Ni3Fe catalyst

(total feed flow rate, composition, water pressure, etc.) are not discussed here. The

results do not point to any systematic differences compared to the results discussed for

the mono-metallic catalyst. Accordingly, the reactor performance for the two different

catalyst systems is very much alike and hence the catalytic activity does not affect the

reactor operation during both start-up and steady-state.

Figure 4.15: left: Reactor start-up behaviour for Ni3Fe catalyst in reference reaction conditions (V̇tot =
21.1 l min−1, H2/CO2 ratio = 4, p! = 10 bar), right: comparison of the steady-state temperature
profile between the Ni3Fe catalyst and the monometallic Ni catalyst for reference reaction
conditions
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Revised prototype for evaporation cooling
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see also:  Sarvenaz Farsi, PhD-Thesis, KIT, 2021 

!VSG >1mN
3 h

2nd Prototype

4 Reactor development for decentralized methanation reaction

Heat transfer coefficient on the cooling side:

As already stated, the evaporation experiments carried out by Belimov et al. [207] in the

first reactor prototype ended up with either reaction blow-out or runaway. Comprehen-

ding the fundamental differences between the two prototypes during evaporation is vital

for proper modelling of the reactor. The central question to answer is how the reaction

blow-out problem is fixed in the second reactor prototype.

Fig. 4.17 displays a cross sectional view of the second reactor prototype and the stacking

design of the microfabricated plates. This figure shows that via stacking of 3 microfab-

ricated foils on top of each other, the cooling fluid is redirected 3 times before streaming

in the main channel adjacent to the reaction bed. During the reaction, it is expected that

the water gradually evaporates throughout the spiral channels. In this way, the indirect

heat exchange at the reactor inlet is retarded. Therefore, despite utilization of the high

water evaporation enthalpy, the effective temperature difference between the cooling and

reaction passage is reduced. This information is decisive for the search for a suitable

evaporation heat transfer model, since no empirical model is developed and validated for

such complex geometry.

Figure 4.17: Left: cross sectional view of the microstructured reactor prototype two. Right: the stacking
strcuture
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see also:  Sarvenaz Farsi, PhD-Thesis, KIT, 2021 

!VSG >1mN
3 h

4 Reactor development for decentralized methanation reaction

310 W m−2 K−1 for 50 CSTRs and to 159 W m−2 K−1 when dividing the reactor in 75

well-mixed cells. From mathematical view, the higher temperature difference between

the reaction and the cooling side (! (") and !# in Eq. 4.13) before reaching the tempera-

ture peak, when reducing the number of CSTRs explains the higher overall heat transfer

coefficient value in the first cell. This however apparently overlooks axial mixing and

does not deliver a proper description for heat transfer coefficient.

Figure 4.19: The calculated effective heat transfer coefficient for 100 CSTRs along the catalyst bed axis at
reference reaction conditions.

The maximum value for the $eff in the three studied cases are rather similar and reduces

slightly with decreasing the CSTRs. The $eff peak position is consistent in all three cases

(at L/L0 = 6%, maximum $eff is 829 W m−2 K−1 for 50 CSTRs, 865 W m−2 K−1 for 75

cells and 883 W m−2 K−1 for 100 cells). These results confirm that the estimation of the

number of axial CSTRs using the Bodenstein number and the criteria described in Sec.

4.3.1 (75 to 100 CSTRs) delivers reliable data. The temperature profile did not show

a distinct change when using 75 or 100 cells. Since reducing the number of cells is

tangled with problem stiffness and higher computation time, 100 CSTRs was chosen as

the optimum value.
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see also:  Sarvenaz Farsi, PhD-Thesis, KIT, 2021 

!VSG >1mN
3 h

2nd Prototype

Feed flow increase from 
15.8 to 21.1 l/min

Transition

Low flow

High flow

Transition

Low flow

High flow

Feed flow reduction 
from 21.1 to 15.8 l/min

H2 / CO2 = 4, pw = 10 bar

CO2 Conversion



Institute for Micro Process Engineering (IMVT)

Validation and scale-up
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Scale-up to 100 mN3/d together with INERATEC  
Factor 5 larger than 2nd prototype, single stacking scheme, 
two reactor stages
Successful start-up of power-to-gas pilot plant by gasNatural 
fenosa at a waste water treatment plant close to Barcelona, 
Spain (press release from May 31, 2018 at GNF website)

Slurry 
bubble 
column 
reactor

Micro-
structured 
reactor

Testing at 10 mN3/h scale in the Energy Lab 2.0
Factor 6 larger than gasNatural fenosa system, double stacking 
scheme, two parallel modules
So far, 4 campaigns… 

Assembled power-to-gas pilot plant at INERATEC 
site in Karlsruhe before shipping 

http://www.prensa.gasnaturalfenosa.com/en/gas-natural-fenosa-
launches-pilot-project-to-produce-renewable-gas-in-catalonia/

Synthetic Fuels – Combustibles Sintètics (CoSin), 
Grant No. COMRDI15-1-0037 

http://www.prensa.gasnaturalfenosa.com/en/gas-natural-fenosa-launches-pilot-project-to-produce-renewable-gas-in-catalonia/
http://www.prensa.gasnaturalfenosa.com/en/gas-natural-fenosa-launches-pilot-project-to-produce-renewable-gas-in-catalonia/
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100 kW Prototype - first operation campaign (1/3) 

R. Dittmeyer20.06.202333

Module 1 operated in normal condition 
Module 2 did not ignite (~ 380°C)

Feed

T200

T201

T202

T203

5 bar 
5 m3/h CO2 
20 m3/h H2 
3 m3/h N2
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100 kW Prototype - first operation campaign (2/3)

R. Dittmeyer20.06.202334

Control of Module 1 within very short time possible; similar ignition behavior like original reactor

Feed

T200

T201

T202

T203

5 bar 
5 m3/h CO2 
20 m3/h H2 
3 m3/h N2
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100 kW Prototype - first operation campaign (3/3)

R. Dittmeyer20.06.202335

Module 1 contributed mainly to conversion; parameters still to be optimized 
Module 2 did not ignite (~ 380°C) and behaved like a bypass 
- most reasonably due to failed reduction or oil droplets from slurry bubble  
- column (problems with aerosol formation in product line)

5 bar 
5 m3/h CO2 
20 m3/h H2 
3 m3/h N2
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100 kW Prototype - Second operation campaign - reactivation of module 2

R. Dittmeyer20.06.202336

Both modules ignited (~ 400°C), partly approval of re-reduction process  
Although different absolute temperature good control over temperature 
Selectivity for Methane 100% (no CO found)

Module 1Module 2
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100 kW Prototype - Third operation campaign - flow modulation
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Successful approval of flow modulation
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100 kW Prototype - Fourth operation campaign - water cooling only on 2nd inlet

R. Dittmeyer20.06.202338

Control almost possible, however, long adaptation times and final 
exceeding of set points 
Further validation and/or design improvements needed 
Work in progress…
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Summary / Outlook

R. Dittmeyer20.06.202339

Uncertainties regarding the commercial implementation of PtG
Future role of gas in domestic and industry heating ? 
Future role of gas in electric power generation (cold dark doldrums, security of supply) ? 
Future of the gas grid: methane or hydrogen, both, or (partial) deconstruction ? 
Role of CRG/LRG in transport ? 
Business model for PtG ?

Status of PtG

Technology is more or less ready for commercial use, but economics are difficult and still have to be improved 

PtG, like all types of PtX, only makes sense (from a CO2 emission reduction point of view) if CO2-free electrical 
power is used 

Current R&D addresses catalyst improvements, advanced reactor designs, and process integration (heat, 
material flows) with a focus on higher efficiency, lower cost, capability of transient operation, increased long-
term stability all targeting lower production cost and higher operational flexibility 


